Fuel cells are electrochemical devices that directly transform chemical energy into electricity, which are promising for future energy systems, since they are energy efficient and, when hydrogen is used as fuel, there are no direct emissions of greenhouse gases. The cell performance depends strongly on the material characteristics, the operating conditions and the chemical reactions that occur inside the cell. The chemical-and electrochemical reaction rates depend on temperature, material structure, catalytic activity, degradation and the partial pressures for the different species components. There is a lack of information, within the open literature, concerning the fundamentals behind these reactions. Experimental as well as modeling studies are needed to reduce this gap.
INTRODUCTION AND PROBLEM STATEMENT
Fuel cells (FCs) are promising due to advantages of higher efficiency and lower emissions of SO X , NO X and CO 2 than conventional power generation [1] . The solid oxide fuel cell (SOFC) is a high temperature fuel cell, which operates at 600-1000 ºC [2] . This temperature allows SOFCs to operate with different types of fuels from both fossil and renewable sources. It opens a way for an easier transition from conventional power generation with hydrocarbon based fuels to fuel cells with possibility for different fuels, especially SOFCs. Due to the increasing global awareness of that energy usage affects the environments, the interest of renewable energy has increased. SOFCs are generally more tolerant to contaminants than other fuel cells and the possibility to internally (as well as externally) reform the fuel make them interesting for renewable energy resources [1] .
Numerical results of SOFC models are only approximations of real conditions and the validation is an important and necessary step in the development of reliable and accurate computational models. A range of validity can be established between the developed model and experimental 2 Copyright © 2011 by ASME data. When poor agreement is found between experiments and computations, the task is to understand where the errors come from, the modeling or the experimental work, for the objective to make better models or perform better experiments. It should be noted that CFD (computational fluid dynamics) models makes it possible to reduce the amount of experimental tests needed for cell development, only a limited amount of tests is required to validate the accuracy of the model. This means that the development cost can be decreased [3] . 4 The aim of this paper is to validate a previously developed model, for an intermediate temperature anode-supported SOFC, with the scale of single unit-cell [2, 5] . A NIMTE (Ningbo Insitute of Material Technology & Engineering) standard cell is used, as described in the next section.
The global reactions that take place within a SOFC, using hydrogen as fuel, can be described as: oxygen is reduced at the cathodic three-phase boundary (TPB), eqn. (1) . The oxygen ions are transported through the electrolyte, but the electrons are prevented to passing through the electrolyte. The electrochemical reactions between hydrogen and oxygen ions, eqn. (2) , take place in the anodic TPB [6] [7] . 2 When a fuel containing methane or carbon monoxide, i.e., the main components of natural gas is supplied, the reforming takes place within the anode. Methane is reformed with steam (eqn. (MSR, 3) ). Carbon monoxide can be oxidized in the electrochemical reaction, and also react with water (eqn. (WGSR, 4)) [6] . The reactions described here are the overall ones, more detailed reaction mechanisms can be found in [7] . It is a fact that a fine porous microstructure with a high surface area may lead to a decreased mechanical strength. The anode is often used as the mechanical support for the cell, i.e., this can be problematic. Since the active region in the anode where the electrochemical reactions take place does not extend too long from the anode-electrolyte interface, a graded porosity can be used to maximize the amount of TPB in the active region. The high mechanical strength is maintained for the rest of the anode which is used primarily as the cell support and for internal reforming reactions, when hydrocarbons are supplied as fuel [8] .
CO
The anodic porosity measured is 28 %. The fuel-and air flows are arranged as counter-flows. For the testing, a fuel flow rate of 800 sccm and an air flow rate of 2000 sccm are used. The single cell sample has dimensions of 5*5.8 cm 2 , with an active area of 4*4 cm
2 . An alumina testing house is used, where the cell temperature is kept constant during the tests, i.e., 750 °C for this case. Voltage probes are placed on the surface of the anode-and cathode support. The measurement data from the cell testing are presented and compared with our model predictions in the validation section. 
MATHEMATICAL MODEL
A two-dimensional (2D) model for an anode-supported SOFC is developed and implemented in the commercial software, COMSOL Multiphysics (version 3.5a). Equations for momentum-, mass-and heat transport are solved simultaneously. As our model is defined in 2D only, i.e., the calculation is for a domain at the mid-plane of a unit cell. In reality the current density will be higher in the middle of the electrodes. The model is in this paper validated against a 1D 3 Copyright © 2011 by ASME (flow direction) current density, i.e., the y-direction is neglected. The geometry is defined in Table 1 and a sketch of the investigated cell can be seen in Figure 2 . The thickness of the electrodes, electrolyte and interconnect are updated (compared to our previous model [2, [4] [5] ) to describe a standard intermediate temperature SOFC developed at NIMTE. Note that Figure 2 is not to scale. 
Momentum transport
The gases flow inside the fuel cell components, such as in the air and fuel channels, and in the porous electrodes. The Darcy-Brinkman equation is introduced and solved for the gas flow in the fuel and air channels, and in the porous materials simultaneously [9] [10] . The Darcy-Brinkman equation (eqn. (5) 
The cell length in the experimental cell used for validation is 4 cm. In the final model the cell length equals 10 cm. 2 The anode consists of a 400 Pm thick support layer and a 15 Pm functional layer. 3 The cathode comprises of a 50 Pm thick support layer and a 20 Pm functional layer.
where F is the volume force vector, ț is the permeability of the porous medium, İ p the porosity, ȝ the dynamic viscosity, u the velocity vector and T the viscous stress tensor
. The density and viscosity for the participating gas mixtures are dependent on local mole fraction and temperature, as described in [2, 5] . The gas inlet velocities are defined as a laminar flow profile. The average velocities for the validation are based on the measured flow rates by taking into account the fuel-and oxygen utilization, respectively. The outlets are defined as pressure (1 atm).
Mass transport
In the porous material, there are two kinds of mass diffusion mechanisms; molecular and Knudsen diffusions. The molecular diffusion (collisions between gas molecules) is significant in the case of large pores, whose size is much bigger than the mean free path of the diffusion gas molecules [11] [12] . For a multi-component gas mixture system, the diffusion coefficients are calculated by the expressions in [13] , based on bicomponent coefficients of the gases. Knudsen diffusion is important when the mean free path is in the same order or bigger than the pore size, and molecules collide with the solid walls more often than with other molecules. At the SOFC operating temperature of around 1000 K, the mean free path of these gas components is about 0.2-0.5 Pm. In this study, the radius of pores is assumed as 0.34 Pm, which is of the same order as the mean free path. In other words the Knudsen diffusion should be included in the SOFC models. The Knudsen diffusion coefficient of the component i with the component j in a gas mixture, D k,ij , is calculated based on the free molecule flow theory, as described in [14] :
where r e is the effective radius of the pores, R the universal gas constant. In the porous media, there is an increased diffusion length due to the tortuous paths of connected real pores, and the coefficients are usually corrected by porosity H and tortuosityW [12, 14] :
Equation (8) is used to describe the mass transport phenomena for each gas component inside the cell [10] and solved for the fuel-and air channels and the electrodes.
where w is the mass fraction, x the molar fraction, n the number of species and D i T the thermal diffusion coefficient. S i , the 4 Copyright © 2011 by ASME source term by the chemical reactions, is defined for the internal reforming reactions. Two approaches for defining the electrochemical reactions can be found in the literature, either as source terms in the governing equations [14] [15] or as interface conditions defined at the electrode/electrolyte interfaces [16] [17] . The later concept is employed in this study, because the thickness of the active layer is relatively thin [16] [17] . This limitation will be released later in our future studies. The boundary conditions for the mass transport equation are defined as mass fractions for the gas channel inlets and the outlets are defined as convective flux.
Heat transport
The temperature distribution is calculated separately for the gas phase (in air and fuel channels and electrodes) and for the solid phase (interconnects, electrodes and electrolyte). Heat is transferred between the phases at the channel walls and in the porous electrodes. The general heat conduction equation is used to calculate the temperature distribution for the solid materials, i.e., electrolyte, interconnect and electrodes [10] : s s s Q T k (9) where k s is the thermal conductivity of the solids, T s the solid temperature and Q s the heat source (heat transfer between the solid and gas phases, and heat generation due to ohmic polarization). Heat generation due to electrochemical reactions, mole fraction and activation polarization are simplified and defined as interface conditions, such as for the mass transport.
The temperature distribution for the gas mixtures in the fuel and air channels and in the porous electrodes is calculated as [10] :
in which c p,g is the gas phase specific heat (dependent on temperature and mole fraction, as described in [5] ), T g the temperature in the gas phase, and Q g the heat transfer between the gas and solid phases and the heat consumption due to internal reforming reactions. The heat transfer between the gas-and solid phase, in the electrodes, depends on the temperature difference and the particle surface area ratio as [18] : (11) in which h v is the volume heat transfer coefficient and AV the surface area ratio, which is used for heat transfer between the solid-and gas phase. The heat transfer coefficient (h s,g,por ) is calculated as described in [19] . Note that the surface area for heat transfer is higher than that for chemical reactions, because not all the available surface is covered with active nickel catalyst. The specific heat and the thermal conductivity of the gas phase depend on the local temperature and the mole fraction, as described in [2, 5] .
The inlet gas temperature is defined by the operating temperature and the outlet is defined as a convective flux. The boundaries at the top and the bottom of the cell are defined by symmetries, since it is assumed that the cell is surrounded by other cells with the same temperature distribution. The heat flux between the electrodes/interconnect and gas channels are specified at two channel walls, located opposite to each other, with a constant Nusselt number (4.094) from [20] , based on the fully developed flow for a square duct (aspect ratio is 1 for both channels).
Electrochemical reactions
The charge transfer equations are not solved in this study, however the effects from ohmic-, concentration-and activation polarization losses are included in the equations for heat transport. The electromotive force (reversible open-circuit voltage, E OCV ) is determined by the difference in the thermodynamic potentials of the electrode reactions [21] [22] [23] . When a hydrogen-steam mixture is used as fuel, it can be calculated by the Nernst equation [23] :
T E 4 0 10 4516 . 2 253 . 1 (13) where E 0 is the temperature dependent open circuit voltage at standard pressure and p i the partial pressure, at the TPB, in atm.
It should be noted that eqns. (12)-(13) are only valid for pure hydrogen-steam mixtures. The electromotive force for only carbon monoxide or methane as fuel is presented in eqns. (14)- (15), respectively. E 0 for carbon monoxide decreases with increased temperature, but it is not temperature dependent for methane, due to a constant molar number of products and reactants [21] [22] . In this study only eqns. (12)- (13) (16) where K are the respectively polarization losses.
Ohmic polarization occurs due to resistance of the flow of ions in the electrolyte and electrical resistance in the electrodes. The electrodes and electrolyte are heated due to this effect [23] [24] :
where Ĳ is the component thickness. The electronic/ionic conductivities (ı) are calculated as described in [23] .
Heat generation due to the electrochemical reactions and concentration-and activation polarization losses are defined at the electrodes/electrolyte interfaces: 0 n q T k (19) (20) where q o is the total heat generation, q r the heat generated inside the cell due to change in enthalpy and q losses the heat generated due to concentration-and activation polarization losses inside the cell. The amount of heat generated due to electrochemical reactions can be calculated as [25] : (22) where n is the molar flux density [mol/(m 2 s)] and 'S r entropy change of the reaction (-50.2 J/(K mol)), calculated from data in [26] . The concentration polarizations are specified as [23] : where p i,TPB stands for the partial pressure at three phase boundary (TPB) and p i,b the partial pressure at the interface between gas channel and electrode. The chemical reactions involve energy barriers (i.e., activation polarization) which must be overcome by the reacting species.
The activation polarization can be considered as the extra potential needed to overcome the energy barrier of the ratedetermining step to a value that the reaction proceeds at a desired rate [27] : (26) where i 0,e is the exchange current density. The pre-exponential factor (k'') is 2.35 · 10
11 : -1 m -2 for the cathode and 6.54 · 10
11
: -1 m -2 for the anode, respectively. The activation energy (E) is 137 kJ/mol for the cathode and 140 kJ/mol for the anode [23] .
Internal reforming reactions
Sufficient activity for the reforming reactions is provided inside the SOFC anode [28] . Reaction kinetics from [29] for the steam reforming, eqn. (MSR, 3), (an expression dependent on the active area to volume ratio) and from [30] for the watergas shift, eqn. (WGSR, 4), reactions are used to calculate the reaction rates in this work. Other global kinetic models can be found in [31] [32] . The catalytic methane steam reforming reaction occurs at the surfaces of the nickel catalysts and is specified as [29, 33] (27) where p i is the partial pressure of gas species i, T the temperature, r the reaction rate and AV the active surface area to volume ratio. Equation (27) Copyright © 2011 by ASME The trend for the FC development in recent years has been in the direction of employing smaller pores to get a larger AV.
Based on the global scheme for the anode, the expression for the catalyzed water-gas shift reforming reaction eqn. (WGSR, 4) in [30] has been selected in this study:
The rate constant (k sf ) and the equilibrium constant (K ps ) are temperature dependent expressions calculated from the experimental data, as described in [30] .
The source terms S i (implemented in the Maxwell-Stefan equations for the gas species, eqn. (8)), due to the catalytical reforming reactions and the heat generation/consumption due to the reforming reactions, is specified in [4] [5] .
VALIDATION
The electrochemical reactions, within the anode as well as within the cathode, occur at the TPBs, i.e., the sites which is connected to the ionic-, electronic-as well as gas phase. The reaction rate decreases drastically as the distance from the electrolyte/electrode interphase increases [16] [17] . Two approaches are available to describe the electrochemical reactions in a CFD model, either as a source term (volume), or as an interphase condition (cross-sectional area, x-and z directions). When the concept with the source term is applied, the active thickness of the anode (h) and the active area for electrochemical reactions per volume (AV) need to be defined, as can be seen in Figure 3 . For the concept with the interface condition, as applied in this study, the factor "f" is introduced. It is calculated by validating a theoretical model with the experiments. It can be described as the active area available for electrochemical reactions divided by the x-z cross sectional area. To compare the two concepts, f = AV • h. The test results from the NIMTE standard cell experiments are presented in Figure 4 . The cell testing is conducted at 750 °C. It is assumed that the temperature is constant within the cell, since the cell is placed in a heated oven. In Figure 4 , the geometric dimensions and the active area available for electrochemical reactions (Figure 3) are updated, in which f is 0.60. The agreement is not very good at high currents, where the model predicts higher currents compared to the experiments. It would be possible to validate the model to a constant voltage, and an accurate agreement with the experiments would be reached, however the purpose of this validation is to develop a model valid for a range of cell voltages.
The agreement between the modeling and experimental results is improved, when the ohmic losses are increased (by a factor of two) to consider that the electrochemical reactions take place in a region away from the electrode/electrolyte interface, i.e., to consider the distance that the oxygen ions need to be transported, from the air side to the fuel side of the cell. This transport distance factor is ignored in our previous model since the charge transport equations are not included. The agreement between the experiments and the model is improved, as seen in Figure 4 and f is 0.88. Note that the agreement is good when the voltage varies between 0.6 and 1.0 V. 
SIMULATION RESULTS FROM VALIDATED MODEL
As a first step simulation results with a hydrogen-steam mixture (x H2 : x H2O = 0.90 : 0.10) are presented, i.e., at the conditions similar to the experiments. A base condition is assumed that the cell voltage is 0.7 V, the oxygen utilization 18 % and the fuel utilization 70 %. Co-flow is applied in this model. The inlet temperature for the air and fuel flows are adjusted to make sure that the cell average temperature is 750 °C, the one used in the experimental work and for the validation.
The anode current density along the flow direction is presented in Figure 5 . The current density increases along the main flow direction as the temperature rises and this increase eases as the mole fraction of hydrogen within the anode decreases. A future step could adjust the active area, porosity and/or particle size along the flow direction to adequate the current density. The polarization losses within the cell are presented in Figure 6 . The activation polarization loss corresponds to a majority of the losses and is larger in the cathode compared to the anode and it decreases as the temperature increases. Also the ohmic losses within the electrolyte decreases along the flow direction as the temperature increases. The polarization loss due to concentration differences across the anode is small for these conditions at the inlet and of the fuel composition.
The fuel inlet conditions are further modified as 30% prereformed natural gas, as defined by IEA and frequently found in the open literature, i.e, x H2 : x CH4 : x CO : x H2O : x CO2 = 0.2626 : 0.171 : 0.0294 : 0.4934 : 0.0436 [31] . The voltage, oxygen and fuel utilization and average temperature are the same as the case above.
The anode current density along the flow direction ( Figure  7 ) increases initially as the temperature increases. It decreases as the mole fraction of hydrogen decreases. Note that the current density is significantly lower for this case with 30 % pre-reformed natural gas, compared to the case with a hydrogen-steam mixture ( Figure 5) .
The polarization losses are presented in Figure 8 . It should be noted that the reversible open-circuit voltage is lower for the case with pre-reformed natural gas, since the mole fraction of hydrogen is lower and the mole fraction of steam is higher, compared to the hydrogen-steam mixture ( Figure 6 ). This gives a lower total amount of polarization losses, since the cell voltage is defined to the same constant value (0.7 V). The same trend for the polarization losses are found, except for the anode concentration polarization, a lower mole fraction of hydrogen give higher losses, due to the fact that hydrogen is consumed in the electrochemical reactions.
The molar fraction of hydrogen ( Figure 9 ) decreases due to the electrochemical reactions at the anode/electrolyte interface and increases due to the reforming reactions (MSR+WGSR) within the anode. The effect of Knudsen diffusion (collisions between gas molecules and the porous walls) is significant. Large mole fraction gradients can be observed through the cell (y-direction). Water ( Figure 10 ) is generated due to the electrochemical reactions and consumed in the reforming reactions (MSR+WGSR). The mole fraction of water reaches its highest value at the anode/electrolyte interface and increases along the flow direction. Carbon monoxide (Figure 11 ) is generated in the eqn. (MSR, 3) and consumed in the water-gas shift reaction (WGSR). The mole fraction gradient through the anode (y-direction) is large and the smallest mole fraction is found at the TPB and decreasing along the flow direction. Carbon dioxide (Figure 12 ) is generated in the WGSR and transported through the anode and out of the cell with the exhaust flow stream. A distinct mole fraction gradient can be seen through the anode (y-direction). The highest mole fraction is found close to the gas outlet at the TPB. Methane ( Figure 13 ) is consumed in the eqn. (MSR, 3) . Also for methane a clear mole fraction gradient can be observed Copyright © 2011 by ASME through the anode, and the lowest mole fraction is at the TPB close to the gas outlet.
CONCLUSIONS
In this study a SOFC CFD model (single cell anodesupported SOFC) is validated to experiments performed at NIMTE, Ningbo, China. The model contains equations for mass-, heat-and momentum transport, and chemical reactions covering internal reforming reactions and electrochemistry. The temperature distribution in the gas-and solid phase are calculated separately, according to the LTNE approach. An ionic transport distance factor to consider the distance that the oxygen ions need to be transported, from the air side to the fuel side of the cell, as well as a factor covering the active area available for electrochemical reactions divided with the x-zcross sectional area is discussed.
The validated model is further applied to calculate the current density, molar fraction distributions as well as the different polarization losses for a case with a hydrogen-steam mixture, which is compared to a case with 30 % pre-reformed natural gas. It is concluded that the activation loss is the major of the polarization losses. The reversible open-circuit voltage is lower when pre-reformed natural gas is used as fuel, compared to the hydrogen-steam mixture.
Further development of SOFCs can enhance the transition from fossil fuels to renewable fuels. The choice of fuel for a commercial fuel cell system will depend on the available fuel infrastructure, complexity of system that is acceptable, environmental requirements to be considered and price for the different fuels etcetera. 
NOMENCLATURE

